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Ah&act-A theoretical model for predicting the forced convective boiling heat transfer coefficients of 
ternary mixtures is presented. The effect of mass diffusion near the gas-liquid interface is considered in 
both nucleate boiling and forced convection vaporization contributions. The predicted heat transfer 
coefficients are compared with experimental data, which are obtained for an HFC32 : 125 : 134a (23 : 25 : 52 
wt%) mixture inside a horizontal smooth tube 6.0 mm i.d. and 4.0 m long, and in the ranges of heat flux 
l&20 kW II-* and of mass flux 150-400 kg me2 s-‘. The present predictive method shows reasonable 
agreement with the experimental data within an accuracy of +30%. 0 1997 Elsevier Science Ltd. All 

rights reserved. 

1. INTRODUCTION 

Chlorofluorocarbons (CFCs), which have been lar- 
gely used as the wlorking fluid in air-conditioning and 
refrigerating machines, were phased out at the end of 
1995. The production of hydrochlorofluorocarbons 
(HCFCs) was frozen at the same time, and will be 
completely phased out by the end of 2020, because 
of their depleting of the stratospheric ozone layer. 
Moreover, it is possible that the schedule of control 
on HCFCs will be accelerated with the development 
of technology. Therefore, it has become an urgent 
subject to develop a substitute for HCFCs. 

Attention in this study was paid to the 
HFC32 : 125 : 13451 (23 : 25 : 52 wt%) refrigerant mix- 
ture that has been suggested as the most possible can- 
didate for HCFC22 substitutes, and its heat transfer 
characteristics in convective boiling were measured. 

It has been known that the boiling heat transfer 
coefficient for a bl.nary mixture is lower than that of 
an equivalent pure fluid with the same thermodynamic 
properties as the mixture. In a non-azeotropic binary 
system, the more volatile component in liquid evap- 
orates more rapidly than the less volatile component 
according to the phase equilibrium. Thus, the con- 
centration of the more volatile component in the bulk 
liquid is higher than that at the gas-liquid interface, 
while the concentration of the more volatile com- 
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ponent at the gas-liquid interface is lower than that 
in the bulk vapor. Diffusions of the more volatile 
component from the bulk liquid to the interface and 
from the interface to the bulk vapor cause a reduction 
in heat and mass transfer performance. The more the 
compositions in the liquid and vapor differ, the more 
the heat and mass transfer coefficients are reduced. 
This mechanism of heat transfer degradation can be 
applied to multicomponent systems including ternary 
mixtures. 

Numerous methods for predicting the nucleate pool 
boiling for binary mixtures have been proposed. One 
of the oldest noteworthy studies is on the growth of a 
spherical bubble in a uniformly superheated binary 
liquid [I, 21. Striven [l] arrives at a simple expression 
from analytical consideration of the heat and mass 
diffusion processes in a superheated liquid sur- 
rounding a growing vapor bubble, and the reduction 
rate of the bubble growth for a binary mixture, com- 
pared with that for a single-component fluid, was rep- 
resented as 

a= [l-(Y-x)($--5($@]’ (1) 

where dT/dx is the gradient of the bubble point tem- 
perature with respect to composition; x and y are the 
concentrations in the liquid and vapor, respectively ; 
a,_ is the liquid thermal diffusivity and & is the liquid 
diffusion coefficient. The value of Sn is always less 
than or equal to unity. 
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NOMENCLATURE 

d inner diameter of tube Greek symbols 
D diffusion coefficient c( heat transfer coefficient or thermal 
G mass flux diffusivity 
k correction factor ub heat transfer coefficient of nucleate 
M mass flow rate pool boiling 
4 heat flux Ef single-phase heat transfer coefficient of 
T Gb bulk temperature in vapor liquid alone 
Ti temperature at interface Ah heat of vaporization. 
T Lb bulk temperature in liquid 
T sat refrigerant saturation temperature 
TW wall temperature 
x quality Subscripts 

xj mass fraction of thejth component in b nucleate boiling or bulk 
liquid G vapor 

x01 overall mass fraction of thejth interface 
component ; forced convective vaporization 

Yj mass fraction of thejth component in L liquid 
vapor. W wall. 

Calus and Leonidopoulus [3] have proposed the growing vapor bubble. Thome [6] has proposed a 
first mechanistic type of nucleate pool boiling cor- 
relation for binary mixtures equating the decrease in 
the heat transfer coefficient to the reduction in the 
bubble growth rate : 

(2) 

where AT is the wall superheat at a prescribed heat 
flux. AT, is the ideal wall superheat based on a linear 
mass fraction mixing law : 

AT, = x,AT, +xZAT2 (3) 

where x,, x2 are the mass fractions, and AT,, AT, are 
the wall superheats of each component. For binary 
mixtures, x, + xa = 1. 

Stephan and Korner [4] have developed an empiri- 
cal correlation for nucleate pool boiling heat transfer 
for binary mixtures. They noted that at a fixed heat 
flux the wall superheat became maximum at a similar 
composition as the maximum in the difference ]y - x] 
between the vapor and liquid molar concentrations. 
The wall superheat is correlated as a sum of the ideal 
wall superheat AT, and the excess wall superheat AT, : 

AT= AT,+AT, (4) 

ATE = A]y-x]AT, (5) 

A = A,(0.88+0.12P) (6) 

where P is pressure in bars, and the value of A, is 
experimentally determined. If the value of A0 is 
unknown, a value of 1.53 is recommended. 

Schltinder [5] has argued the effect of heat flux and 
developed a boiling model using a film theory, in 
which the mass diffusion shell is postulated around a 

simple model for nucleate pool boiling of binary mix- 
tures. Thome assumed that the compositions in the 
liquid and vapor were the same at the peak heat flux, 
and the local saturation temperature at the interface 
increased to the dew point temperature. Thus, the 
excess wall superheat was arbitrarily postulated to be 
equal to the difference, ATbP, between the bubble point 
and dew point temperatures at the overall compo- 
sition, 

ATE = ATbP. (7) 

Compared with pool boiling, only a few researches 
on forced convective boiling for binary mixtures have 
been reported. Bennett and Chen [7] have proposed a 
correlation for binary mixtures based upon the Chen 
correlation [S] in which the two-phase heat transfer 
coefficient was expressed as the sum of a nucleate 
boiling contribution and a convective vaporization 
contribution for single-component vertical flow boil- 
ing. Bennett and Chen postulated that the nucleate 
boiling heat transfer coefficients could be evaluated 
by the drop of the effective wall superheat, resulting 
from the accumulation of the less volatile component 
near the interface. However, in their model the effect 
of mass transfer was considered only in the liquid. 

Shock [9] theoretically analyzed the mass transfer 
effect in the liquid and vapor in annular flow regime. 
Shock concluded that the mass transfer resistance in 
the liquid phase was negligible in comparison with the 
vapor phase. 

Jung et al. [lo] have reported the experiments of 
horizontal flow boiling with a binary mixture of 
HCFC22/CFC114. Hihara et al. [ll] obtained local 
boiling coefficients for the mixtures of CFCl l/12, 
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Fig. 1. Schematic diagram of the experimental apparatus. 

HCFC22/CFC12 and HCFC22/CFC114 inside a 
horizontal smooth tube 8 mm id. Yoshida et al. [12] 
and Miyara et al. [13] have also carried out exper- 
iments for the mixtures of HCFC22/CFC114. 

Hihara et al. [ 141 have presented a theoretical model 
for predicting the forced convective boiling heat trans- 
fer coefficients for binary systems. They modified a 
published heat transfer correlation for pure refriger- 
ants by multiplying the nucleate boiling and forced 
convection vaporization terms by correction factors, 
respectively. Their model was found to fit heat transfer 
data for HCFC22CFCl14 to within + 30%. 

So far, only a few experiments for the heat transfer 
of ternary refrigerant mixtures have been reported. 
Torikoshi et al. [15] carried out an experiment using 
tubes with extended surface for HFC32: 125: 134a 
(23 : 25 : 52 wt%), and found that the heat transfer 
coefficients were about 40% lower than HCFC22. 

There are no published models for predicting the 
coefficient of convlective boiling heat transfer for ter- 
nary mixtures, although it has been known that the 
heat transfer of ternary mixtures is much lower than 
the pure refrigerants. In the present study, the theor- 
etical model [14] for binary mixtures was extended 
for ternary mixtunes, and the predicted heat transfer 
coefficients were compared with experimental data 
obtained inside a horizontal smooth tube. 

2. EXPERIMENTS 

The experimental apparatus was assembled from 
four parts : a refrigerant loop, a cooling water system 
for condenser, a heat source for evaporator and a data 
acquisition system. A schematic of the experimental 
apparatus is drawn in Fig. 1. The refrigerant loop 

consisted of a refrigerant tank, a subcooler, a gear 
pump with a stepless speed change device, a mass flow 
meter, a preheater, an evaporator, a superheater and 
a condenser. Four sight glasses were installed at the 
evaporator inlet and outlet, and at the condenser inlet 
and outlet. The refrigerant was completely isolated 
from the lubricating oil by the use of the oil-free gear 
pump. The test section was the evaporator. 

The evaporator was made out of four horizontal 
smooth stainless steel tubes with an i.d. of 6.0 mm, an 
o.d. of 7.0 mm and a length of 1000 mm. The total 
length of the evaporator was 4000 mm. The evap- 
orator tubes were heated by applying a d.c. voltage 
difference along the tube. The outside wall tem- 
peratures of the tubes were measured along the tube 
by 24 copper-constantan thermocouples which were 
clamped to the tube in eight groups at axial intervals 
of 500 mm. At each station, the thermocouples were 
located at the top, side and bottom of the tube. The 
junctions were electrically insulated from the tube by 
a thin layer of Teflon tape. Measurement of refrigerant 
flow rate was made by a mass flow meter. The refriger- 
ant pressures were measured by calibrated pressure 
gauges at the evaporator inlet and outlet. The local 
pressure in the test section was interpolated linearly 
from the measured pressures. The refrigerant tem- 
peratures were measured by chromel-alumel ther- 
mocouples at evaporator inlet, middle and outlet. The 
refrigerant vapor was sampled at the superheater 
outlet, and the composition of the vapor was analyzed 
with gas chromatography. 

Measurement accuracy of thermocouples, refriger- 
ant flow rate and pressure gauge was f O.l"C, 
f0.25% and f5.3 kPa, respectively. The measure- 
ment uncertainty of the heat transfer coefficients was 
estimated within f 7.0%. Refrigerant mixtures used 
in this study were HFC32/15/134a ternary system, 
HFC32/134a binary system and their pure 
components. The experimental conditions are sum- 
marized in Table 1. Thermodynamic equilibrium 
properties of the mixtures were calculated from the 
Peng-Robinson equation of state, and transport 
properties were calculated using reliable predictive 
methods [ 161. 

The circumferentially averaged local heat transfer 
coefficient is calculated by 

4 
u=Tw (8) 

where q is the heat flux, T, is the circumferentially 
averaged inside wall temperature, which is calculated 
by solving the equation of radial heat conduction, and 
T,,, is the refrigerant saturation temperature which is 
calculated from the local pressure and quality. 

3. PHYSICAL MODEL FOR CONVECTIVE BOILING 

Forced convective boiling consists of two heat 
transfer mechanisms including nucleate boiling and 
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Table 1. Experimental conditions for convective boiling 

Refrigerant HFC32 HFC125 HFC134a HFC32: 134a HFC32: 125: 134a 

Composition [wt%] 100 100 100 30:70 23125~52 
Mass flux [kg mm2 s-‘1 1 X&400 250450 15&400 15@400 15@400 
Saturation temperature [K] 293 293 293 293 293 
Heat flux [kW m-‘1 lC20 l&20 lo-20 lt&20 lc-20 
Quality &0.8 O-o.8 o-o.8 0.8 o-o.8 

forced convective vaporization. For a low quality 
flow, most of the heat is transferred from the wall by 
nucleate boiling. For a high quality flow, nucleate 
boiling is suppressed due to convective effect, and 
most of the heat is conducted through a thin liquid film 
and evaporates the liquid at the gas-liquid interface. 
Yoshida et al. [17] have proposed an empirical cor- 
relation for pure refrigerants postulating the sum of a 
nucleate boiling contribution and a forced convective 
vaporization contribution : 

a = sc$+Fo(f (9) 

where the coefficient tlb for the nucleate boiling was 
evaluated using the Stephan-Abdelsalam correlation 
[ 181, and the suppression factor S due to convective 
effect was a function of the two-phase Reynolds 
number, boiling number and quality : 

S=l 

x ($.gy5 x,0 51. (10) 

The forced convective vaporization contribution was 
the product of the single-phase heat transfer 
coefficient clr for the liquid alone and a two-phase 
multiplier F : 

.,=0.023~~(l~~dju~‘~,e” (11) 

F= 1+2X~“.88. (12) 

The constant C in equation (10) was experimentally 
determined at 0.9. In the present study, in order to fit 
the prediction to the present experimental data for 
pure refrigerants, the constant C is fixed at 0.4. The 
modified Yoshida correlation is compared with the 
experimental data for HFC32 in Fig. 2. An agreement 
between them is satisfactory, and similar results are 
obtained for HFC125 and HFC134a. For ternary mix- 
tures the Yoshida correlation is modified by mul- 
tiplying each term of nucleate boiling and forced con- 
vective vaporization by correction factors, k,, and k,: 

c( = k&x,, + kfFccf. 

3.1. Nucleate boiling 

(13) 

In low quality regions, where nucleate boiling is the 
dominant mechanism for the evaporation, predictive 
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Fig. 2. Comparison of the modified Yoshida correlation with 

the experimental heat transfer coefficients for HFC32. 

methods for nucleate pool boiling heat transfer for 
multicomponent mixtures can be applied to forced 
convective boiling situations. In the present study, the 
Stephan-Korner correlation and the Thome cor- 
relation were adapted for estimating the reduction in 
nucleate flow boiling heat transfer. 

If the Stephan-KBrner correlation is applied to a 
ternary mixture, the excess wall superheat can be 
extended from equation (5) as 

ATa = A i (X,]vj-Xj])ATi 
j=l 

AT1 = i x,AT, 

(14) 

(15) 
j= I 

where xj and y, are the mole fractions of thejth com- 
ponent in the liquid and vapor, respectively. The con- 
stant A0 in equation (6) is fixed at 1.53, because 
nucleate pool boiling heat transfer data for 
HFC32/125/134a mixtures are so little that the value 
of A0 cannot be determined. 

The Thome correlation, applied to the estimation 
of nucleate flow boiling heat transfer for ternary mix- 
tures, is in the same form as the one for binary 
mixtures, although the equilibrium vapor-liquid 
phase diagram changes from two-dimensional to 
three-dimensional. 
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Fig. 3. Physical model of a multicomponent fluid evaporation 
in annular flow. Concentration profile of the most volatile 

component is illustrated. 

The correction factor for nucleate flow boiling is 
expressed as 

kb = 
AT, 

AT,+AT; 

3.2. Forced convective vaporization 
The system model for the analysis of annular flow 

and an equilibrium phase diagram at a fixed pressure 
for a ternary mixture is illustrated in Figs. 3 and 4. As 
shown in Fig. 4, the interface temperature T, is higher 
than the saturation temperature T,, due to the mass 
transfer effect near the interface, and the liquid and 
vapor concentrations xi, y, on the interface satisfy the 

phase equilibrium. The gas-liquid interface points, xi 
and yi, are on a constant fugacity line, and the bulk 
points, x,, and y,, are assumed to be on the line 
extended from the interface points. Three other points 
(x0, &?t,Y,,t ) which designate the overall composition 1 
and the imaginary equilibrium composition, are on 
another constant fugacity line. The following assump- 
tions are introduced: (a) the effect of gravity is neg- 
lected and (b) the phase equilibrium prevails at the 
interface. Heat gained from the wall is consumed in 
the axial temperature rise of the liquid and vapor, 
and in the evaporation at the interface. Thus, a heat 
balance over an axial element gives 

where mev is the evaporation rate per unit area and Ah 
is the heat of vaporization. The heat of vaporization 
is defined as the difference between vapor and liquid 
specific enthalpies in an equilibrium state. Axial tem- 
perature gradients in the vapor and liquid should be 
the same : 

dTm dTcib 
dz dz (18) 

Overall mass conservation requires 

xb2”L +YbZ”G = xc&f 

where xsr, xb2, y,,, y,, are the bulk mass fraction in 
the liquid and vapor, and x0,, x,,, are the overall mass 
fraction of component 1 and 2, respectively. 

Constsnt fugacity he Intersection of 

Isothermal surface 

Fig. 4. A 1:ypical temperature-composition equilibrium phase diagram under a fixed pressure for a ternary 
mixture. 
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The mass transfer between the interface and the 
bulk vapor or liquid give 

&nolPG(yll -JJbl) =(&“I --_yil)me” (21) 

%v3*PG(Yi* -YbJ = Cxev2 -Y~dmev (22) 

%mPL(Xb, -41) = GG”, -4lh%” (23) 

FnLZPL Cxb2 - xi*) = Cxev2 - X,2)mev (24) 

where c(,o, c(,,,~ are the mass transfer coefficients in the 
vapor and liquid ; x,,, xi2, yil, yiz are the liquid and 
vapor phase mass fractions of component 1 and 2 on 
the interface; and x,,,, x,,? are the mass fraction in 
the evaporating material. 

Concerning quality, the following equations are 
required 

x= x0 I - h3t1 x02 - &at2 xOI -xbl x02 - xb2 
= z-z 

YS,,l -x,,tl Ysat2 - xm2 Ybl - xbl Yb2 - xb2 

(25) 

The bulk mass fraction is determined to satisfy equa- 
tion (25). The composition in the evaporating material 
is neither x, nor y,, but lies midway between them 
depending on the phase equilibrium of the mixture : 

YII -xil 
&“I = Xi1 + 

=&g(t)+1 (26) 
Yt2 - xi2 

xw2 = Xi2 + 

~(g)($)+l (27) 

where aTlax,, aT/dy, are the slopes of the bubble point 
temperature line and of the dew point temperature 
line, respectively. The derivation of equations (26) 
and (27) is described in the appendix. 

By analogy among momentum, heat and mass 
transfer, the mass transfer coefficient of component j 
in the vapor and liquid can be obtained : 

(28) 

(29) 

where SC,, SC, are the Schmidt numbers, and FmG, 
F,,,L are the two-phase multipliers for mass transfer. 
The following two-phase multipliers [ 191 are adapted : 

FmG = (1 + 1.22Xp,.20)2 (30) 

F,,,i. = 1+21/X,,+ l/X:,. (31) 

Using the interfacial temperature T,, the correction 
factor for forced convective vaporization is expressed 
as 

(32) 

p 
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Quality X 
Fig. 5. Examples of the heat transfer coefficients at different 

qualities. 

4. RESULTS AND DISCUSSIONS 

4.1. Examples of experimental results 
Figure 5 shows examples of experimental results 

of forced convective boiling for HFC32, HFC125, 
HFCl34a, HFC32/134a and HFC32/125/134a. For 
all refrigerants, the heat transfer coefficients increase 
with quality. Comparing all refrigerants, HFC32 has 
the highest performance because of its excellent ther- 
mophysical properties. HFC32/125/134a shows about 
20% lower than HFCl34a in lower quality regions, 
but is similar to HFC134a in higher quality regions. 

Figure 6 shows dependence of mass flux on the 
boiling heat transfer coefficient for HFC32, HFC125, 
HFC134a and HFC32/125/134a. For all refrigerants, 
the heat transfer coefficients increase with mass flux. 
As shown in Figs. 5 and 6 for the ternary mixture, 
for low qualities or for low mass fluxes a significant 
reduction in the heat transfer coefficient is observed. 
Because in these conditions the contribution of 
nucleate boiling is predominant, it means that the 
effect of mass transfer is significant in nucleate boiling. 

Figure 7 shows a comparison of the experimental 
heat transfer coefficients for HFC32/125/134a with 
the modified Yoshida correlation. Because the mass 
transfer effects are not considered in the modified 
Yoshida correlation, about 30% degradation in heat 
transfer is observed, especially in low quality regions. 

4.2. Mass transfer effect in liquid phase 
In order to calculate the effect of mass transfer 

resistance in both phases, the forced convection vapo- 
rization in equations (17)-(3 1) is simplified for binary 
mixtures. The concentration gradients due to mass 
transfer effects cause a rise of the interface tempera- 
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Fig. 6. Examples of the heat transfer coefficients at different 
mass fluxes for X = 0.5. 

ture, and so the amount of mass transfer effects can 
be estimated using the rise of the interface tempera- 
ture. Four models of mass transfer resistance are cal- 
culated ; in model 1 the resistances in the liquid and 
vapor phases are both considered ; in model 2 the 
resistance is considered only in the vapor phase ; 
model 3 includes only the liquid phase resistance ; and 
model 4 does not consider any resistance. Comparing 
four models for an HFC32/134a binary mixture in 
Fig. 8, interface temperatures of models 3 and 4 
coincide with each other, therefore it can be concluded 
that the mass transfer resistance in the liquid phase is 
negligible, and dominant resistance to mass transfer 
exists in the vapor phase. These results coincide with 
Shock’s analysis 1191. 

Fig. 7. Comparison of the modified Yoshida correlation with 
the experimental heat transfer coefficients for 

HF‘C32/125/134a mixture. 

Quality X 
Fig. 8. Effect of the resistance to mass transfer in the liquid 
and vapor phases on the interface temperature for 

HFC321134a mixture. 

The mass transfer effects in both phases should 
also be examined for the ternary mixture, but it is 
impossible to calculate the mass transfer coefficient in 
the liquid, because no predictive method for diffusion 
coefficient for ternary liquid mixtures has been estab- 
lished. Therefore, applying the results in the binary 
mixture correspondingly to the ternary mixture, the 
mass transfer effect in the liquid phase is neglected in 
the present model. From this assumption, xb, = xi,, 
xb2 = xiZ, and equations (23) and (24) are omitted 
from the theory. 

4.3. Comparison of the present model with the data 
Reduction factors of the heat transfer coefficients 

of nucleate boiling and forced convective vaporization 
for HFC32/125/134a are compared in Fig. 9. For 
nucleate boiling, the Thome correlation is much lower 

y” l- 

. 

y” 
0.8 - 

O.d- 

0.4 - 

0.2 - 

I 
0 0.5 1 

Quality X 
Fig. 9. Correction factors of heat transfer coefficients in the 
nucleate boiling and in the forced convective vaporization 
for HFC32/125/134a mixture, G = 310 kg m-* SK’, and 

5 = 20 kW m-*. 
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Fig. 10. Comparison of the present model based on the 
Thome correlation with the experimental heat transfer 

coefficients for HFC32/134a mixture. 

Fig. 11. Comparison of the present model based on the 
Theme correlation with the experimental heat transfer 

coefficients for HFC32/125/134a mixture. 

than the Stephan-Kiirner correlation. The difference 
between the Thome and Stephan-Kiirner correlations 
is important in low quality or low mass flux conditions 
where S is relatively large, but in high quality or high 
mass flux conditions, where S is small, the difference 
between these correlations does not influence the heat 
transfer coefficient ~1. For the forced convective vapo- 
rization, the effect of a two-phase multiplier for mass 
transfer is also shown in Fig. 9. The reduction rate of 
the forced convective vaporization heat transfer is less 
than 5%, while if the two-phase multiplier is neglec- 
ted, namely, FmG = 1, the reduction rate becomes up 
to 20%. 

Figures 10 and 11 show comparisons of the exper- 
imental heat transfer coefficients with the present 
model based on the Thome correlation for 
HFC32/134a and HFC32/125/134a, respectively. The 

3 
lop 10' 

a=P 
Fig. 12. Comparison of the present model, based on the 
Thome correlation and assumed FmG = 1, with the exper- 
imental heat transfer coefficients for HFC32/125/134a 

mixture. 

10 II - 

‘8 
a 

L 
10 0 

Fig. 13. Comparison of the present model based on the 
Stephan-KGrner correlation with the experimental heat 

transfer coefficients for HFC32/125/134a mixture. 

predictions satisfactorily fit the experimental results 
to within + 30%. If the two-phase multiplier for mass 
transfer is assumed to be unity, the predicted heat 
transfer coefficients at high qualities become lower 
than the experimental coefficients (see Fig. 12). This 
means that an enhancement of the mass transfer in 
the vapor by the interfacial movements should be 
considered. Figure 13 demonstrates a comparison of 
the present model based on the Stephan-Korner cor- 
relation with the experimental heat transfer 
coefficients. This model overpredicts heat transfer by 
approximately 15%. 

Comparing Figs. 10-13, it can be concluded that 
for the nucleate boiling contribution the Thome cor- 
relation is appropriate, and for the forced convection 
vaporization contribution the present model provides 
a reasonable prediction. 
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5. CONCLUSIONS 

The forced convective boiling heat transfer 
coefficients of a ternary mixture HFC32/125/ 134a and 
a binary mixture HFC32/134a were measured inside 
a horizontal smooth tube. Because both mixtures were 
non-azeotropic, on average the heat transfer 
coefficients were 30% lower than HFCl34a due to the 
mass transfer resistance near the gas-liquid interface. 
The heat transfer coefficients were significantly 
reduced especially in low quality and low mass flux 
regions. 

A method for predicting the heat transfer 
coefficients of ternary refrigerant mixtures was 
presented. Corrsidering the mass transfer effect, the 
nucleate boiling contribution was modified by the 
Thome correlation, and the forced convection vapo- 
rization contribution was modified by the annular 
flow model. Basically, these modifications were similar 
to the treatment for binary mixtures. Model pre- 
dictions were in satisfactory agreement with the exper- 
imental heat transfer coefficients. This result indicates 
that there is no ‘essential difference in the mechanisms 
of boiling heat transfer of binary and ternary mixtures. 
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APPENDIX 

Derivation of composition in evaporating material 
A ternary mixture in an equilibrium state evaporates under a 
constant pressure. Assuming that the saturation temperature 
increases from T to T+AT, the concentrations in the liquid 
and vapor change from x,, y, into x; = x,+@x,/aT)AT, 
y; = y,+ (ay,/t?T)AT (j = 1,2), where @T/ax,) and @T/ayj) 
are the slopes of bubble point temperature line and of dew 
point temperature line according to the concentration of the 
jth component, respectively. Expressing the overall com- 
position as x0,, the quality also changes from 
X =(x0,-x,)/(y,-x,) into X’ =(x0,-x;)/(y;-x;). Themass 
conservations of thejth component in the liquid and vapor 
are 

xj(l-X)-x;(l-X) =xe@-X) (j= 1,2) 

y,x-y;x’ = x,,(X-X) (j = 1,2). 

Elimination of X’ and simple manipulation lead to 

X Yjex, 
w, = x, + 

=g g.1 ( )( > 
(j= 1,2). 


